
Chemical Engineering Journal 92 (2003) 41–54

Analysis of operating variables on the performance of a reactor for total
hydrogenation of olefins in a C3–C4 stream
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Abstract

The effect of process and operating variables in the catalytic hydrogenation of unsaturate traces in C3–C4 streams, intended for aerosol
propellant use, has been analysed. The results from catalytic tests carried out on a commercial Pd/Al2O3 catalyst have been used to estimate
the kinetic parameters of rate expressions. The set of rate expressions is used in a mathematical model of a three-phase fixed-bed catalytic
unit operated in up-flow mode. The mathematical model allowed studying the effect that variables such as temperature, pressure, hydrogen
mass flow and feed composition will exert on the reactor performance.

The volatility of the hydrocarbon mixture is found to be a paramount factor in the process, as H2 becomes diluted in the vapour phase
and, consequently, the amount of H2 dissolved in the liquid stream and the hydrogenation rates decrease significantly.

A temperature rise turned out to be detrimental for the reactor performance, as the increased hydrocarbon volatility overcomes the effect
on the kinetic coefficients. This conclusion precludes the usual operating practice of rising temperature to compensate for catalytic activity
decay. Instead, increasing the H2 input and/or the operating pressure were shown to be effective alternatives for this purpose.
© 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction

Because of regulations protecting the atmospheric ozone
layer, propane and butane mixtures are currently employed
as aerosol propellants substituting chlorofluorocarbons in
spray cans. The available refinery cuts containing saturated
C3 and C4 hydrocarbons frequently contain olefins and
di-olefins, which have to be removed to obtain a product
of commercial value. As conventional separation processes
are not practical to bring the content of unsaturated com-
pounds within the low specification limits (some tens
of ppm), catalytic hydrogenation represents a convenient
alternative.

The catalytic hydrogenation can be carried out on Pd
supported catalysts, similar to those employed for selective
hydrogenation processes[1]. This type of catalysts is ap-
propriate for operation at low temperature (a tentative range
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may be 303–333 K) and pressures high enough to maintain
the hydrocarbon stream in liquid phase and to allow a suit-
able H2 partial pressure (around 1 MPa). The liquid phase
operation is advantageous to reduce pressure drop through
the bed and also to wash high molecular weight species,
which otherwise grow up on the catalyst surface and then
accelerate the loss of its activity[2].

The aim of this contribution is to analyse the effect of
the main operating variables, such as temperature, pressure,
hydrogen to hydrocarbon input ratio, composition of the
unsaturated pool, on the performance of this kind of hy-
drogenation units, namely three-phase fixed-bed reactors.
The range of variables was subjected to suggested bounds
for operating available commercial catalysts and to typical
composition of C3–C4 refinery streams.

In order to fulfil this objective, kinetic information and a
mathematical model describing the behaviour of a fixed-bed
catalytic reactor are needed.

Catalytic tests for the evaluation of reaction rate param-
eters have been carried out on a commercial catalyst, and
will be also described here.

1385-8947/02/$ – see front matter © 2002 Elsevier Science B.V. All rights reserved.
PII: S1385-8947(02)00116-X



42 S.P. Bressa et al. / Chemical Engineering Journal 92 (2003) 41–54

Nomenclature

av interfacial area per unit bed volume
(m2/m3)

Af bed section (m2)
cP molar heat capacity (J/mol K)
C concentration (mol/m3)
CP total heat capacity (Eq. (12)) (J/s K)
dh equivalent particle diameter

(= εLdps/[1.5(1 − εL)]) (m)
dpe equivalent particle diameter

(= Vp/6Sp) (m)
dps diameter of a sphere with the same

surface area of the packing piece (m)
dT bed diameter (m)
D diffusion coefficient (m2/s)
Dax axial dispersion coefficient (m2/s)
E activation energy (J/mol)
F total molar flow (mol/s)
FH2(st) stoichiometric value ofFH2 (mol/s)
g gravitational acceleration (m/s2)
k kinetic constant (mol/s kgcat)
kL vapour–liquid (on the liquid side) mass

transfer coefficient for low flux (m/s)
kS liquid–solid mass transfer coefficient for

low flux (m/s)
kV vapour–liquid (on the vapour side) mass

transfer coefficient for low flux (m/s)
K vapour–liquid equilibrium constant
Ke chemical equilibrium constant
L liquid molar flow (mol/s)
Mcat catalyst mass (kg)
MW molecular weight (kg/mol)
nj moles of speciesj in experimental

batch
N molar flux (mol/s m2)
P pressure (MPa)
Ps static pressure per reactor length (Pa/m)
PeL Peclet number (= uLdpe/Dax)
Pe′

L modified Peclet number (= PeL(ZL/dpe))
Qr total heat of formation (Eq. (12)) (J/s)
QV total heat of vaporisation (Eq. (12))

(J/s)
r reaction rate (mol/s kgcat)
Re Reynolds number (= udpeρ/µ)
Sc Schmidt number (= µ/ρD)
t time (s)
T temperature (K)
u superficial velocity (m/s)
V vapour molar flow (mol/s)
x molar fraction in liquid phase
y molar fraction in vapour phase
z total molar fraction
Z axial coordinate (m)
ZL reactor length (m)

Greek letters
α stoichiometric coefficient
�Hk heat of formation of species k (J/mol)
�Pb frictional pressure drop per reactor length

(Pa/m)
ε bed porosity (m3/m3)
εL liquid hold-up (m3/m3)
κad adsorption equilibrium constant
λ enthalpy of evaporation (J/mol)
µ viscosity (kg/m s)
ρ density (kg/m3)
ρb catalyst mass per unit bed volume (kg/m3)
σ surface tension (N/m)

Subscripts and superscripts
e exit value
H2 hydrogen
HC hydrocarbon
i interphase
j, k speciesj, k
L liquid phase
LS liquid–solid
NC number of compounds
0 inlet conditions
S catalyst surface
T total
un total unsaturates
V vapour phase
VL vapour–liquid

The kinetic expressions thus obtained will be used in the
mathematical model of a concurrent up-flow reactor. The
up-flow operation has been shown[3] to be suitable for se-
lective hydrogenation of olefin-rich C4 cuts. Also, it is em-
ployed for other hydrotreating processes[4,5], in particular
when partial vaporisation of the liquid stream takes place
[6], as it is expected to be the case in the studied application.

2. Kinetic expressions: experiments and regression

A kinetic study employing a commercial catalyst was un-
dertaken. As summarised later on, intra-particle effects were
not discriminated. Therefore,effectivekinetic expressions
were developed from a regression analysis. It was checked
that the experimental conditions led to negligible external
effects; so, those expressions could be directly employed in
the mathematical model of an industrial unit.

2.1. Catalyst and other materials

Experiments were performed on a commercial 3-lobe
catalyst with Pd at 0.45% (w/w) impregnated on a thin ex-
ternal layer (“egg-shell”). The pellets were 4 mm long and
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the diameter of the lobes was around 1 mm. The specific
volume was 0.5 × 10−3 m3/kg.

H2 (99.999%) and N2 (99.999%) were purified from wa-
ter and oxygen by passing the streams through a guard bed
of the same catalyst followed by a 4 Å molecular sieve bed
and an oxygen trap. Hydrocarbons employed were 1-butene
(99.0%), n-hexane (HPLC 97%) and a refinery sample
that were contacted with a 4 Å molecular sieve bed before
use.

2.2. Experimental set-up and operation

Batch type experiments with respect to the hydrocarbon
mixtures were planned because of simplicity, economy and
the amount of information provided by each run.

The main components of the experimental set-up adopted
for the kinetic study are sketched inFig. 1. This reactor
configuration was chosen by comparison with some other
alternatives[7]. The 100 ml stirred vessel is part of a com-
mercially available system for reaction tests. This vessel
contains most of the liquid mixture in the loop.n-Hexane is
employed as an inert solvent to facilitate the loading of the
reactants and the manipulation of the samples for chromato-
graphic analysis. The operating pressureP is maintained by
feeding H2 through a pressure regulator. The level of H2
partial pressure,PH2, can be chosen within a wide range
(from about 0.03 MPa) and maintained essentially constant
during the run.

The catalyst sample is placed in an external stainless steel
1/4 in. tube with a jacket in which water at the same tem-
perature of the stirred vessel is circulated. Catalyst samples
are in the range 0.3–0.4 g. The original pellets are axially
cut into three pieces. As the height of the pieces (≈1.3 mm)
is still much larger than the thickness of the external active
layer (of the order of 0.1 mm), any effect of internal trans-
port limitations is preserved.

Fig. 1. Sketch of experimental set-up.

The gear micro-pump (Fig. 1) recirculates the liquid at
3.45 × 10−6 m3/s. The recirculating liquid mixture flows
downward through the catalyst bed. Temperature in the
stirred vessel is controlled through an electrical heater
around the vessel.

Liquid samples were analysed by gas chromatography
employing a 2 m× 2 mm column packed with 0.19% pi-
cric acid on 80–100 mesh Graphpac. The separation of
propane, propene, 1,3-butadiene, 1-butene,cis-2-butene,
trans-2-butene andn-butane is achieved at ambient tempe-
rature.

Further characteristics of the experimental set-up are ex-
plained in[7].

2.3. Catalyst treatment

The catalyst samples were treated (for reduction finishing)
in situ by employing a mixture of N2 (78%) and H2 (22%) at
327 K for a duration of 9 h. Preliminary tests showed that if
in the course of the kinetic experiments the catalyst sample
gets into contact with moisture, its catalytic activity drops
significantly. Hence, due precautions were taken to eliminate
humidity or O2 (which produces H2O in presence of H2) in
the gases and hydrocarbons employed for the experimental
runs.

2.4. Experimental conditions

Two types of reacting mixtures were employed for the
experiments:

(a) A sample from a C3–C4 refinery stream consisting of
propene (0.64 mol%), 1,3-butadiene (0.28%), 1-butene
(0.62%) and isobutane (98.46%) diluted inn-hexane.
Operating conditions were:T = 313 K, P = 0.6 MPa
andPH2 = 0.275 MPa.

(b) A laboratory mixture of 1-butene inn-hexane. 1-But-
ene concentration (mol%) was varied from 0.78 to
4.22%. Three temperature levels between 303 and
323 K and twoPH2 levels (0.155 and 0.275 MPa) were
studied.

2.5. Analysis of experimental data

The set of overall reactions displayed inFig. 2 was
found suitable to represent the experimental results. The
cis-2-butene andtrans-2-butene were not present in the
reacting mixture, but they were formed either from hydro-
genation of 1,3-butadiene (reactions 3 and 4) or by iso-
merization of 1-butene (reactions 8 and 9). Hydrogenation
reactions of both 2-butenes are relatively slow and that of
trans-2-butene turned out to be the slowest reaction. There-
fore, it is important to quantify both, their rate of formation
and their hydrogenation rate. The second type of reacting
mixture described inSection 2.4was mainly intended to
this end.
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Fig. 2. Reaction network.

The set of rate expressions displayed inTable 2has been
employed to fit the results from the experimental tests. The
type of dependency on mole fractions is based on analo-
gous rate expressions proposed in literature for selective
hydrogenation of C4 cuts[2,3,8]. However, only the essen-
tial features compatible with the observed trends have been
retained in this case, as the objective of the present kinetic
study was to obtain a consistent description of the over-
all kinetic behaviour, rather than identifying an intrinsic
mechanism. The following features are worth mentioning:

• Hydrogenation reactions behave irreversibly, while
1-butene isomerization reactions (reactions 8 and 9) are
more accurately treated as being reversible.

• The driving term of all kinetic expressions is first order
respect to the unsaturated species being consumed.

• The hydrogenation reactions showed a first order depen-
dence on H2 concentration, while the isomerization reac-
tion showed a very weak dependence, which in practical
terms was assumed to be nil.

• A significant inhibition effect is exerted by the unsaturates
on the hydrogenation reactions, but a negligible effect
was found on the isomerization reactions. Although it is
very well known that the different species show large
differences in adsorption strength[8], discrimination was
not possible from the present data. A wider experimental
range of composition and due attention to intra-particle
effects would be needed to that end. For the present data,
an unsaturate lump was suitable to represent inhibition
effects on hydrogenation reactions.

The available information for each experimental run is the
liquid composition (expressed in term of mole fractionxj for
each unsaturated speciesj) at a set of reaction times. As the
catalytic bed operates under essentially uniform bulk liquid
conditions (due to high recirculation flow), the conservation
equations employed for the unsaturated species during each
run were

dnj
dt

= Mcatrj (1)

where rj is the observed rate of chemical production of
speciesj per unit mass of catalyst sampleMcat. Eq. (1)can
be numerically integrated with a code for solving ordinary
first order differential equations.

The regression analysis to evaluate the best estimates of
the effective kinetic parameters has been performed by the
pack of routines GREGPACK[9] employing the multire-
sponse mode. Integration ofEq. (1)has been performed by
the routine DDASAC included in GREGPACK.

The hydrogen molar fractionxH2 was evaluated from the
known H2 partial pressure assuming equilibrium between
vapour and liquid phases. The Soave–Redlich–Kwong EOS
with MHSV mixing rules[10] and modified UNIFAC pa-
rameters[11] was employed to this end.

It was verified that the mass transfer resistance in liquid
phase between the bulk and the solid surface was negligible
[12].

The best estimates of kinetic parameters are displayed in
Table 1. The effective rate constants and the lumped adsorp-
tion constantκad correspond toT = 313 K. Apparent activa-
tion energies of the reactions involvingn-butenes as reactive
species (reactions 5–9) are also given. There were no data
available to estimate the activation energy of propene and
1,3-butadiene hydrogenation reactions (reactions 1–4). For
simulating purposes they were assumed equal to the value
of 1-butene hydrogenationE5. The temperature dependence
of κad could not be statistically inferred, so it was assumed
constant for simulation purposes.

Boitiaux et al. [2] quoted values of activation energy
between 38,000 and 42,000 J/mol for the hydrogenation
reactions of 1,3-butadiene and 1-butene (reactions 2–5) and
isomerizations of the latter (reactions 8 and 9) on Pd-based
catalysts. The values of apparent activation energy found
for reactions 5, 8 and 9 are about half those values, sug-
gesting that strong intra-particle effects take place on the
tested catalyst.

Table 1
Kinetics expressions and kinetics parameters

r1 = k1xPExH2/(1 + κadxun)

r2 = k2xBDxH2/(1 + κadxun)

r3 = k3xBDxH2/(1 + κadxun)

r4 = k4xBDxH2/(1 + κadxun)

r5 = k5x1BExH2/(1 + κadxun)

r6 = k6xcBExH2/(1 + κadxun)

r7 = k7xtBExH2/(1 + κadxun)

r8 = k8[x1BE − xcBE/K
e
8]

r9 = k9[x1BE − xtBE/K
e
9]

k1 = 628.7 mol/kg s
k2 = 565.8 mol/kg s
k3 = 226.3 mol/kg s
k4 = 339.5 mol/kg s
k5 = 229.1 mol/kg s E5 = 21,793 J/mol
k6 = 355.4 mol/kg s E6 = 10,832 J/mol
k7 = 273.3 mol/kg s E7 = 13,140 J/mol
k8 = 1.768× 10−1 mol/kg s E8 = 18,751 J/mol
k9 = 3.452× 10−1 mol/kg s E9 = 18,965 J/mol
κad = 75
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3. Reactor model

In order to formulate a mathematical model for an indus-
trial adiabatic hydrogenation reactor, a number of hypothe-
ses related to fluid dynamics and transport properties[4,6,13]
can be adopted once process conditions, namely bed geome-
try, operating variables and fluid properties, are established.
A set of conditions is defined inTable 2. The composition
of a typical C3–C4 refinery stream and reaction conditions
similar to those employed in selective hydrogenation pro-
cesses[1] for olefins reach cuts have been considered.

Properties pertaining to both fluid phases, vapour and liq-
uid, are summarised inAppendix A. Details about how they
were evaluated are given in[12].

The relevant hypotheses are:

(a) uniform flow distribution for both, vapour and liquid
phases;

(b) the catalytic pores are filled up with liquid and the ex-
ternal particle surface is completely wetted;

(c) axial dispersion in both phases is ignored;
(d) phase-equilibrium at the bed inlet;
(e) thermal equilibrium between the fluid phases holds at a

given axial position;
(f) H2 transfer through the liquid film is the only rate-

limited process regarding vapour–liquid mass exchange;
(g) mass transfer effects inside the catalyst particles and

catalytic kinetics are lumped into effective reaction rate
expressions (Table 1).

An analysis about these listed assumptions can be found in
[12]. However, some remarks will be made about hypotheses
(c) and (f), as they are specific to the conditions of the
process studied.

Axial dispersion in the liquid phase of packed beds with
two-phase up-flow is known to be significant[4–6]. Two

Table 2
Operating conditions for total hydrogenation

Inlet temperature (T 0) 313.16 K
Pressure (P) 1.2 MPa
Catalyst: 3-lobe particle (dpe) 0.00225 m
Reactor diameter (dT) 0.58 m
Bed porosity 0.45
Molar flow (hydrocarbons) 26.60 mol/s
Molar flow (H2) 0.67 mol/s
Reactor length (ZL ) 2.3 m

Compound Molar percentage

Methane 0.6148
Ethane 3.824
Propane 21.76
Propene 0.4304
1,3-Butadiene 0.1697
1-Butene 0.7869
2-Butene (cis + trans) 0.0
n-Butane 14.30
i-Butane 58.11

correlations[14,15] have been employed to evaluatePeL
(Peclet number based on particle diameter). The expression
of Stiegel and Shah[14] has been chosen as it provides
lower (conservative) values. Considering the ratioZL/dpe
given in Table 2, a valuePe′

L = PeL(ZL/dpe) = 105 is
estimated. According to Lamine et al.[16], axial dispersion
effects can be neglected whenPe′

L > 100. Therefore, this
criterion provides a rationale for accepting hypothesis (c).

As regards to hypothesis (f), it should be first considered
that H2 will be transferred from the vapour to the liquid
phase, due to the hydrogenation reactions, and hydrocarbons
will normally move from the liquid to vapour, due to the
temperature rise along the bed. On the liquid side of the in-
terface, the resistance to H2 transport should be considered,
but hydrocarbons, as a whole, will not face any hindrance
on the liquid side, as their overall mole fraction is nearly the
unity.

To check if mass transfer limitations on the vapour side
might be of certain significance, we can consider the fol-
lowing expression (Wesselingh and Krishna[17]) for the H2
driving force in the vapour side:

�y = yH2 − yi
H2

= yHCN
VL
H2

+ yH2(−NVL
HC)

kV
H2

(2)

in which binary mass transfer coefficients between H2 and
each hydrocarbon species were assumed to have the same
value,kV

H2
. In Eq. (2) yHC = 1 − yH2 is the mole fraction

of the hydrocarbon lump. AsNVL
H2

is controlled by the very
low H2 liquid solubility, it can be reasonably argued that
this flux will not generate any concentration gradient on the
vapour side. Instead, the magnitude of (−NVL

HC) is not easily
predictable. The results from the simulations assuming hy-
pothesis (f) as being true can be used to estimate (−NVL

HC)
andNVL

H2
andyH2. Although values of (−NVL

HC) up five times

those ofNVL
H2

arise, it was checked, by usingEq. (2), that
�y remains safely below 1% of eitheryH2 or yHC. It can be
concluded that no composition gradients are built within the
vapour phase either for H2 or for the hydrocarbon lump. The
same conclusion also applies on the basis of individual hy-
drocarbon species.

Having taken into account hypotheses (a) to (g), the for-
mulation of the model will be summarised next.

3.1. Mass transfer steps

For H2 on the liquid film at the vapour–liquid interface,

NVL
H2

= kL
H2
CL

T(x
i
H2

− xH2)+NVL
T xH2 (3)

The effect of the overall fluxNVL
T on the mass transfer

coefficient was neglected, as small ratios (NVL
T /kL

H2
) hold

in practice.
For the fluxes from the liquid bulk to the catalytic surface,

NLS
j = kS

j C
L
T(xj − xS

j )+NLS
T xj

∼= kS
j C

L
T(xj − xS

j ); ∀j
(4)
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The approximation expressed by the last term inEq. (4)
arises from the fact that all reacting species are very diluted
(including H2) and, from stoichiometry,NLS

T = NLS
H2

.

3.2. Material balances

In order to evaluate the total molar flow of any compo-
nentFj at a given axial position, it is only necessary to write
down differential conservation expressions for a number of
key components that equals the number of linearly indepen-
dent reactions. A set of five key components should be se-
lected for the nine reactions considered inFig. 2. The five
unsaturated species (assumed to be indexed fromj = 1 to
5) can be conveniently taken to this end. Then,

1

Af

dFj
dZ

= ρbr
S
j ; j = 1, . . . ,5; Fj(0) = F0

j (5)

whererSj is the net production rate for speciesj, expressed
from the reaction network inFig. 2, and the superscript “S”
is used to remind that the reaction rates should be evaluated
at molar fractionsxS

j . So, to evaluaterSj ,

aLS
v k

S
j C

L
T(xj − xS

j ) = ρbr
S
j ; j = 1, . . . ,5 (6)

For the remaining species,

Fj = F0
j +

5∑
k=1

αkj(Fk − F0
k ); j > 5 (7)

where αkj is the stoichiometric coefficient of a non-key
species (j > 5) in the formation reaction of the key-species
k (1< k < 5).

An additional conservation equation for H2 in the liquid
phase is needed to account for its mass transfer limitations
in the vapour–liquid interface,

1

Af

dLH2

dZ
= aVL

v N
VL
H2

− aLS
v N

LS
H2

ConsideringEqs. (3) and (4), LH2 = xH2L and dL/dZ =
(aVL
v Af )N

VL
T − (aLS

v Af )N
LS
T ; then

L

Af

dxH2

dZ
= aVL

v k
L
H2
(xiH2

− xH2)− aLS
v k

S
H2
(xH2 − xS

H2
) (8)

To specify composition in both phases,xj andyj, we should
consider the equilibrium relationships at the vapour–liquid
interface, which accounting for the fact that H2 is the only
limited species can be written

yj = Kjxj; j ≡ hydrocarbon (9a)

yH2 = KH2x
i
H2

(9b)

The Rachford–Rice equation[18] becomes modified as

(1 −KH2)[zH2 − (1 − V/FT)xH2]

KH2(V/FT)

+
∑
j≡HC

(1 −Kj)zj
1 + (Kj − 1)(V/FT)

= 1; zj = Fj

FT
(10)

whereFT, L andV are the mixture, liquid and vapour molar
flows, andFT = L+ V . Once the value of (V/FT) closing
Eq. (10)is found,xj = Lj/L andyj = Vj/V follow.

3.3. Energy balance

As the reactor is adiabatic and thermal equilibrium is as-
sumed for the vapour–liquid mixture, the value of tempera-
ture at a given axial position can be expressed as

T = T 0 + Qr +QV

CP
(11)

where:

Qr =
5∑
k=1

(−�Hk)0L(Fk − F0
k ); QV =

NC∑
j=1

λ0
j (Vj − V 0

j );

CP =
NC∑
j=1

(cLP,jLj + cVP,jVj) (12)

where�Hk is the heat of formation of speciesk, andλj is
the heat of vaporisation of speciesj. Although the molar heat
cLP,j andcVP,j should be strictly computed as average values
between the bed inlet and the given position, constant values
evaluated at the bed inlet do not introduce any significant
inaccuracy.

3.4. Pressure drop

The variation of total pressure is computed from

dP

dZ
= �Pb − Ps; P(0) = P0 (13)

�Pb represents the dynamic pressure drop andPs accounts
for hydrostatic variations. Expressions to evaluate both terms
are given inAppendix A.

3.5. Numerical solution

The proposed model comprises seven ordinary first order
differential equations (5, 8 and 13), six non-linear algebraic
equations (6 and 10) and some linear relations. This system
was solved by means of the code DDASAC[9].

4. Results: analysis and discussion

The set of operating conditions given inTable 2has been
taken as a base case to describe the behaviour of the hydro-
genation process, according to the model discussed earlier.
An outline of the main features will be first given later on.
The effect of operating variables, temperature, pressure and
H2 input, will be discussed later. Finally, some considera-
tions about the relative amounts of unsaturates in the pro-
cess stream will be given. The values given inTable 2will
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Fig. 3. Molar fraction profiles in liquid phase and total amount of unsaturates. Base case (Table 2). PE: propene; BD: 1,3-butadiene; 1BE: 1-butene;
cBE: cis-2-butene; tBE:trans-2-butene.

be maintained in the remaining of this section, except when
explicitly noted.

4.1. Overall behaviour

The evolution of the unsaturate liquid mole fractions along
the catalytic bed is depicted inFig. 3. The total amount of
unsaturates, expressed in molar ppm, is also plotted inFig. 3.
The unsaturates content at the bed exit was fixed at 20 ppm.
This is a realistic tolerance, which allowed defining the bed
length inTable 2.

Propene and 1,3-butadiene are hydrogenated faster than
1-butene. This assertion is true, although the pattern fol-
lowed byx1BE in Fig. 3 is the result of 1-butene formation
from 1,3-butadiene (reaction 2 inFig. 2), hydrogenation to
n-butane (reaction 5) and isomerization to 2-butenes (reac-
tions 8 and 9).

Next in the hydrogenation rate ranking iscis-2-butene
and, finally, trans-2-butene is the slowest species. It is re-
called that both 2-butenes were not present in the specific
stream considered inTable 2, but they are formed from
1,3-butadiene and 1-butene (reactions 3, 4, 8 and 9). It can
be observed inFig. 3 that the second half of the bed is al-
most exclusively needed to hydrogenate the 2-butenes, par-
ticularly trans-2-butene.

The fast hydrogenation of propene and 1,3-butadiene
causes a sudden drop in the liquid mole fraction of H2, as
can be appreciated inFig. 4. The comparison ofxH2 with
the interface equilibrium value,xi

H2
, in Fig. 4clearly reveals

that significant mass transfer limitations takes place at the
vapour–liquid interface in the first part of the bed. After
Z = 0.2 m, the consumption of H2 is nearly equilibrated
by mass transfer from the vapour phase and only in the last
part of the bed, when the slowtrans-2-butene hydrogena-
tion is the only significant reaction taking place, the liquid
stream nearly reaches saturation conditions.

On the other hand, mass transfer from the liquid to the
catalytic surface turns out to be fast enough to keepxS

H2
close toxH2 along the whole bed.

A quite significant decrease in the H2 vapour mole frac-
tion yH2 can be observed inFig. 4. This is partially due to
the overall H2 consumption, but the main reason is the tem-
perature rise, which increases the volatility of the hydrocar-
bon mixture. The profiles ofT, VHC andVH2 are plotted in
Fig. 5. The heat released by the hydrogenation of each dou-
ble bond of any of the unsaturated compounds is nearly the
same, about 125,000 J/mol. Out of the total heat released,
around 30% is employed to vaporise a fraction of the hy-
drocarbon mixture. Therefore, the temperature rise of the
mixture is damped in the same proportion.

VHC increases at the bed exit with 42% of the value at
the inlet. Although this increment and its associated effects
on temperature rise and on H2 vapour molar fraction are
important for the system behaviour, it only amounts to 2.5%
of the overall hydrocarbon flow rate.

For the analysed base case, the outcome from variations
of VHC andVH2 is a net increase in the total vapour molar
flow (around 17% from bed inlet to outlet) that makes the
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Fig. 4. Hydrogen molar fraction profiles. Base case (Table 2).

Fig. 5. Temperature,T; hydrogen vapour molar flow,VH2; and hydrocarbon vapour molar flow,VHC profiles. Base case (Table 2).
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Table 3
Effect of hydrogen flow rate on reactor performance

Case FH2 (mol/s) FH2/FH2(st) V 0 (mol/s) �V (mol/s) V 0
HC (mol/s) �VHC (mol/s) ∆T = T e − T 0 (K)

a 0.627 1.78 2.04 0.32 1.50 0.63 10.86
b 0.667 1.90 2.17 0.38 1.59 0.68 10.61
c 1.253 3.56 3.94 0.81 2.78 1.13 8.41
d 1.880 5.35 5.69 1.04 3.90 1.36 7.19
e 2.507 7.13 7.34 1.18 4.92 1.51 6.39

specific mass transfer coefficient(aVL
v k

L
H2
) rise 27%. This

fact is of some significance, because of the H2 transport
limitations already commented on.

4.2. Effect of operating variables

4.2.1. H2 input
The H2 molar flow fed into the bed can be operatively in-

creased from the stoichiometric value needed to hydrogenate
the unsaturates. We will analyse here the impact of increas-
ing F0

H2
, focusing on the bed length required to achieve the

goal of the process, i.e. as a means to reduce the catalyst
loading or to compensate for activity losses. However, the
final decision on the magnitude ofF0

H2
should be taken on

economic grounds, as bed pressure drop and H2 recycling
should also be considered.

Five levels ofF0
H2

has been tested, ranging from a low
value showing a ratio of 1.78 with respect to the stoichio-
metric value (Case (a) inTable 3) up to a four-fold value
(Case (e)). Case (b) inTable 3correspond to the base case.

Fig. 6. Influence of H2 molar flow on the calculated hydrogen molar fraction profiles.

It can be expected that increasingF0
H2

will, in some way,

increase the H2 concentration on the catalyst surface,xSH2
.

The hydrogenation reactions (Table 1) will become faster
and a shorter catalytic bed will be needed. Note that the iso-
merization reactions 8 and 9 are independent ofxSH2

. Hence,

they will not benefit from higher values ofxSH2
and lower

amounts of 2-butenes will be produced from 1-butene, sav-
ing an important amount of catalyst otherwise needed to
accomplish their slow hydrogenation.

It is shown inFig. 6 that xSH2
significantly increases as

F0
H2

is raised, causing important reductions in bed length,
which can be read at the point where each curve ends. By
doublingF0

H2
, i.e. from Cases (a) to (c), the bed length to

obtain 20 ppm of unsaturates at the exit diminishes by 33%.
A four-fold increase inF0

H2
saves half of the catalytic bed.

The increase inxSH2
with F0

H2
is primarily caused by higher

values of the H2 vapour mole fractionyH2 and, secondarily,
by higher values of(aVL

v k
L
H2
) derived from higher vapour

flow rates (seeTable 3).
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In turn, the relative increase in the level ofyH2 (plotted
in Fig. 6) arises from two sources. One of them is the direct
effect caused from higher values of the overall fractionzH2 =
FH2/FT. This can be appreciated at the bed inlet (z = 0)
in Fig. 6, whereT 0 is the same for all cases. It is clear
that only relatively small differences arise. The second and
main effect is due to the fact that larger amounts of HC can
be vaporised along the bed asF0

H2
is raised (seeTable 3).

Thus, smaller temperature rises and, consequently, smaller
yH2 drops take place (seeyH2 profile in Fig. 6).

The values of temperature rise at the bed exit,�T, are
given inTable 3. The different values of�T create another
effect on their own: the kinetic coefficients increase in dif-
ferent degrees along the bed. In this regard, the increase
of F0

H2
(�T is reduced) restrains a desirable side effect on

catalyst saving, but the associated increase ofxS
H2

is neatly
overwhelming.

Summing up,F0
H2

will be relevant either as a design or as
an operating variable. However, its effect is far from being
obvious. If neither mass transfer limitations nor temperature
variations along the bed had been taken into account, the ef-
fect ofF0

H2
would have been hardly noticeable, as the effect

of zH2 at the inlet would have just remained. Going farther
on this comparison, even this marginal difference would
nearly disappear if only C4 hydrocarbons were present
(i.e. without C2 and C3 species), as all components would
show similar volatilities and the H2–HC mixture would
behave as a pseudo-binary mixture presenting equilibrium
phase composition independent ofzH2 at fixed values ofT
andP.

Fig. 7. Influence of the reactor pressure on calculated hydrogen molar fraction (at liquid–solid interphase),trans-2-butene molar fraction.

4.2.2. Operating pressure
The direct mean to increase the solubility of H2 is to

raise the operating pressure. The partial pressure of the HC
mixture at temperatureT 0 = 313.16 K (base case) is about
PHC = 0.75 MPa. The difference (P − PHC) nearly equals
the H2 partial pressurePH2. An increment from the operat-
ing pressure in the base caseP = 1.2 to 1.5 MPa causes an
increment of around 100% inPH2. Consequently, the equi-
librium value xi

H2
becomes higher in about the same pro-

portion.
As the HC vaporisation is restrained at higher pressures,

the mixture temperature along the bed gets higher atP =
1.5 MPa, but causes a lower drop inyH2. The changes from
bed inlet to exit are�VHC = 0.0774 mol/s (1.5 MPa) ver-
sus 0.6807 mol/s (1.2 MPa);�T = 13.2 K (1.5 MPa) ver-
sus 10.6 K (1.2 MPa);ye

H2
/y0

H2
= 0.5093 (1.5 MPa) versus

0.4051 (1.2 MPa).
The differences just outlined lead to values ofxS

H2
around

100% higher atP = 1.5 MPa, which along with the marginal
effect of temperature allows a saving of somewhat more than
50% in the bed length needed to achieve 20 ppm of unsatu-
rates at the bed exit. The profiles ofxS

H2
at 1.2 and 1.5 MPa

are compared inFig. 7. The curve ends mark the necessary
bed lengths. The profiles oftrans-2-butene mole fraction are
also given, recalling that this is the last unsaturate to get
extinguished.

From the discussed example, it can be concluded that
a significant effect on catalyst loading or on catalyst time
on service can be achieved by increasing pressure in the
range 0–1 MPa above the specific value ofPHC. While
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Table 4
Effect of inlet temperature on reactor performance

T 0 (K) Outlet (ppm
unsaturates)

�T (K) V 0
HC (mol/s) �VHC (mol/s)

303.16 1.5 12.92 0.854 0.137
313.16 20 10.60 1.592 0.681
323.16 265 6.57 3.582 1.542

investment costs will not be greatly affected within this pres-
sure range, the compression cost will naturally rise with
P. Nonetheless, the possibility to increase reaction rates
throughP will become even more significant on the light of
the results discussed next for the effect of operating temper-
ature, the usual variable employed to modify reaction rates.

4.2.3. Inlet temperature
The conceptual arguments to assess the impact of increas-

ing the thermal level of the mixture have been already dis-
cussed: on one hand, an increase in the HC volatility that
will make yH2 and consequentlyxS

H2
decrease and, on the

other hand, an increase in the kinetic coefficients. As they
show opposite effects on the hydrogenation rates, the net
outcome should be quantitatively evaluated.

The results can be discussed fromTable 4, where the
inlet temperature was modified by±10 K from the base-case
value,T 0 = 313.16 K. The unsaturate concentration at the
exit increases one order of magnitude for an increment of
10 K. The significant increase ofVHC asT 0 increases, not
only at the bed inlet, but also along the bed (Table 4), causes

Fig. 8. Effect of the feed temperature on reactor behaviour. Five activation energy levels.

a significant dilution of H2 in the vapour phase that definitely
overwhelms the effect on kinetic coefficients.

It becomes interesting to analyse whether catalysts with
higher activation energies will still show the same trend with
temperature. To this end, it was considered that atT 0 =
313.16 K, all hypothetical catalysts will show the same val-
ues of the kinetic parameters (those resulting for the ma-
terial actually tested), but parameterized with an activation
energy assumed common for all reactions. The concentra-
tion of unsaturates at the exit of a bed withZL = 1.4 m
are plotted inFig. 8 as a function ofT 0 for different values
of E. Values ofT 0 above 293 K (20◦C) are considered, as
it was appraised that sub-ambient temperatures will not be
convenient. The results for the experimentally tested catalyst
(Table 1) and forE = 0 are included. The latter is a limit case
that just reflects the effect ofT 0 on H2 dilution in the vapour
phase.

For any non-zero value ofE, there is a lower range in
which an increase ofT 0 will be favourable to diminish the
amount of unsaturates, but this trend is shifted after some
valueT 0

crit that increases withE.
The valueT 0

crit for the tested catalyst is low (around
290 K), due to low effective activation energies. It can ap-
preciated inFig. 8 that the overall behaviour aboveT 0

crit
does not differ much from the hypothetical case withE =
0. Most probably, this catalyst is subjected to significant
internal diffusion limitations; therefore, the intrinsic activa-
tion energies could be of the order of 30,000–40,000 J/mol
[2]. Thus, the curve forE = 41,800 J/mol inFig. 8 may
represent the behaviour of a catalyst without diffusion
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Table 5
Effect of percentage unsaturates inlet on the reactor performance

Case Unsaturates at reactor inlet (ppm) Unsaturates at reactor outlet (ZL = 2.3 m) (ppm)

PE BD 1BE Total PE 1BE tBE

Base 4303.5 1696.8 7869.2 18.35 0.0 0.5 15.8
I 10295.1 0.0 3574.4 3.25 0.0 0.086 2.84
II 10295.1 1787.78 1787.78 8.2532 0.04 0.21 7.03
III 10295.1 3574.4 0.0 21.17 0.17 0.53 17.36
IV 2058.28 0.0 11809.91 10.30 0.0 0.27 9.025
V 2058.28 5904.34 5904.34 151.35 0.17 3.65 122.27
VI 2058.28 11809.91 0.0 1466.7 13.56 34.88 1047.28

limitations.T 0
crit rises to 303 K, but the range ofT 0 producing

a favourable effect is still limited.
The other values ofE, although improbable for Pd-based

catalysts, are helpful to visualise that the effect of temper-
ature may change, depending on the specific system be-
ing analysed. Other modifications leading to reduce the HC
volatility will also makeT 0

crit increase, e.g. higher pressures
or lower concentration of C3 species.

Summing up, the effect of temperature will be uncertain
without a quantitative analysis. At the realistic conditions
here studied, increasing operating temperature turns out to
be definitely detrimental, leaving variables such asF0

H2
or

P as a mean to improve the performance of the unit.

4.2.4. Unsaturate composition
We intend to show here that the design of the purification

unit and/or its operating policy will be strongly affected by
the composition of the stream to be purified. To this end, we
will consider the base case defined inTable 2and evaluate
how the unsaturate content at the exit is changed by modify-
ing the participation of each unsaturate in the hydrocarbon
stream, while leaving fixed the overall unsaturate concen-
tration.

The results for different combinations are displayed in
Table 5. Cases I–III show a high propene level and Cases
IV–VI a low propene level. Within each group, the relative
amounts of 1,3-butadiene and 1-butene were modified at the
expense of each other. It can be first noted that the overall
amount of unsaturates at the exit varies within almost three
order of magnitudes, revealing quite significant differences
in the behaviour of the three unsaturates.

It can be appreciated inTable 5that propene is the most
desirable species out of the three. This is due to its relatively
high hydrogenation rate and the fact that just one satu-
rated compound (propane) is formed. On the other hand,
1,3-butadiene is the worst. The primary reason for this con-
clusion is that the relatively slow reactingn-butenes are the
intermediate products from 1,3-butadiene hydrogenation.
In addition, 1,3-butadiene releases nearly twice the heat
the olefins do, once hydrogenation is completed; hence,
as the base case is unfavourably affected by temperature
rises, the relative increase in 1,3-butadiene input impairs
the process performance.

The case when the inlet concentration of any unsaturate
increases independently will not be treated here, as it obvi-
ously will produce a rise in the overall unsaturate concen-
tration at the bed outlet, if the remaining variables are left
unchanged.

5. Conclusions

An analysis of operating conditions to hydrogenate unsat-
urate traces in C3–C4 streams, intended for aerosol propel-
lant use, has been carried out. The behaviour of a three-phase
fixed-bed catalytic unit operated in up-flow mode has been
specifically undertaken.

Experiments on an “egg-shell” Pd-based commercial-
catalyst have been conducted with the purpose of evaluating
the main kinetic features. A simple scheme of the reac-
tions taking place has been identified and effective kinetic
expressions have been proposed to interpret quantitatively
the experimental data. The hydrogenation rates of propene,
of each n-butene (1-butene,cis-2-butene,trans-2-butene)
and 1,3-butadiene (discriminating the relative amounts
of eachn-butene formed) could be evaluated, along with
1-butene isomerization rates. The relevant results were:
trans-2-butene presents the slowest hydrogenation rate fol-
lowed bycis-2-butene; the hydrogenation rates show a rel-
atively high dependence with dissolved H2 concentration,
while the isomerization reactions show a weak dependence.
The available data could be reasonably regressed with first
and zero orders, respectively.

A mathematical model was proposed to describe the per-
formance of a realistic industrial unit operated adiabatically.
The model employs the results from the experimental ki-
netic study. Fluid dynamics, mass transfer limitations and
phase-equilibrium were considered in the simplest possible
way, but trying to avoid the loss of significant effects.

This model was then employed to simulate the operation
of an industrial unit with the aim of identifying the most rel-
evant features and evaluating the impact of operating vari-
ables on the performance of the unit.

Significant and non-obvious general features were:

• The slow hydrogenation of 2-butenes, specially of
trans-2-butene, demands around half of the bed length.
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2-Butenes can be present in the process stream, but they
are always formed by hydrogenation of 1,3-butadiene
and by isomerization of 1-butene.

• Mass transfer limitations on the liquid side of the
vapour–liquid interface were most significant for H2
absorption rates.

• The volatility of the hydrocarbon mixture was a
paramount factor to dilute H2 in the vapour phase (hence,
to diminish the amount of H2 dissolved in the liquid
stream) and to restrain the temperature rise along the
bed, due to the vaporisation heat.

These key factors allowed explaining the simulated re-
sponse of the system to variations in the different operating
variables. However, the results could be hardly predicted
beforehand, due to the rather complex interplay of the ef-
fects. Thus, a temperature rise turned out to be significantly
detrimental for the reactor performance at the conditions
studied, as the effect of the increased hydrocarbon volatil-
ity overcomes the effect on the kinetic coefficients. A
parametric analysis revealed that this result is not fortu-
itous and will stand for different catalysts and operating
conditions.

The conclusion regarding the effect of temperature pre-
cludes the usual operating policy of rising temperature to
compensate for catalytic activity decay. Instead, increasing
the H2 input and/or the operating pressure were shown to be
effective alternatives to improve the reactor performance.

The reactor performance was also shown to be sensitive
to the composition of the unsaturate pool, as the different
compounds present significant differences concerning kinet-
ics, reaction paths and thermal effects.
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Appendix A

Liquid and vapour properties evaluated at phase-equili-
brium for conditions given inTable 2are listed here, along
with the source references.

MWL = 53,875 kg/mol MWV = 35,569 kg/mol

ρL = 485.705 kg/m3 [19] ρV = 35.569 kg/m3 [19]
µL = 1.312× 10−4 kg/m s [19] µV = 1.107× 10−5 kg/m s [19]

DL
H2–HC = 3.544× 10−8 m2/s [20] DV

H2–HC = 4.462× 10−6 m2/s [19]

DL
HC–HC = 8.232× 10−9 m2/s [19] DV

HC–HC = 5.638× 10−7 m2/s [19]

σ = 5.384× 10−3 N/m [19]

Thermodynamic propertiescLP,j, c
V
P,j, λj and (−�Hk) were

evaluated from values reported in[21].
In simulating reactor performance, fluid properties and

parameters (defined as follows) were updated along the bed,
as the solution of the model equations proceeded.

Correlations employed to estimate hydrodynamic and
transport parameters were:

• Axial Peclet number
(a) Stiegel and Shah[14]

PeL = uLdps

Dax

= εL0.128 Re0.245
LS Re−0.16

VS

[
aLS
v

(1 − ε)dps

]0.53

with

ReLs = uLρLdps

µL
; ReVs = uVρVdps

µV

To use this expressionεL was evaluated from the
expressions provided by the same authors[14]

(b) Cassanello et al.[15]

PeL = 0.026(ReLξVL )
0.302

with

ξVL = 1

ε
(uL + uV)�Pb + (uLρL + uVρV)

ε
g

• Pressure drop
(a) Dynamic pressure drop: Turpin and Hungtinton[22]

�Pb = 2fVLu
2
VρV

dh

where

ln fVL = 8−1.12 lnω − 0.079 ln2ω + 0.0152 ln3ω;

ω = Re1.167
V

Re0.767
L

(b) Hydrostatic variation

PS = 9.81

[
εL

ε
ρL + 1 − εL

ε
ρV

]

(c) Mass transfer coefficient from liquid to particle sur-
face: Mochizuki [23]
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kS
j dh

DL
j

=




(ScLj )
1/3(1000dps − 2.2); ReLm<Rec

550(ScLj )
1/3Re0.14

Lm dps; Rec<ReLm<Res

0.75(ScLj )
1/3Re0.5

Lm; ReLm>Res

where

ReLm = uLρLdh

µL
; Rec = 0.312 exp(341dps);

Res = 7.77 exp(334dps); dps[=]m

(d) Mass transfer coefficient from vapour–liquid inter-
face to liquid bulk: Lara Márquez[24]

kL
j a

VL
v = 40(DL

j )
0.5ξ0.5

VL ;

aVL
v = 2.36

(1 − εL/ε)ρ0.2
L ξ0.4

VL

σ0.6

ξVL : same parameter defined in Cassanello et al.[15].
(e) Mass transfer coefficient from vapour bulk to

vapour–liquid interface (inside bubbles): Wesselingh
and Krishna[17]

For “mobile interfaces”,

kV
j = 0.4

[1 + (ρV/ρL)1/2]1/2

[
g2(ρL − ρV)

2

µLρL
(DV
j )

3
]1/6

(f) Liquid hold-up: Yang et al.[25]

εL = ε− 0.28
uV

uL + uV
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